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Abstract--Boiling heat transfer experiments were performed in a small circular channel (d = 2.46) and a 
small rectangular channel (d h = 2.40 mm) with Refrigerant 12. The channel sizes are representative of  flow 
passages in compact evaporators. An experimental technique minimized test section end effects which can 
be appreciable relative to the heat transfer in these small channels. Local heat transfer results were 
obtained over a range of qualities up to 0.94, a mass flux range of  44-832 kg/m2s, and a heat flux range 
of 3.6-129 kW/m 2. Saturation pressure was nearly constant, averaging 0.82 MPa for most of  the testing, 
with some tests performed at a lower pressure of  0.51 MPa. Local heat transfer coefficients were 
determined experimentally as a function of  quality along the length of the test section. Heat transfer rates 
were compared with results of  previous experiments in which Refrigerant I 13 in a 2.92-mm diameter small 
circular tube was used. The effects of  channel geometry and fluid properties on heat transfer, as well as 
insights relative to heat transfer mechanisms in small channels, are presented. Results are presented for 
both nucleation- (wall superheat above 2.75°C) and convection-dominant boiling heat transfer regimes 
and compared with large-channel predictions. The heat transfer data for the two fluids were successfully 
correlated in the nucleation-dominant region. Copyright ©1996 Elsevier Science Ltd. 

Key Words: boiling, compact, evaporator, heat transfer, horizontal, nucleation, rectangular channel, 
refrigerants 

I N T R O D U C T I O N  

Applications of compact heat exchangers for both single- and two-phase flows have been increasing 
in recent years. To quantify the high surface area-to-volume ratio characteristic of compact heat 
exchangers, Shah (1986) defined a compact heat exchanger as an exchanger with a surface area 
density ratio > 700 m2/m 3. This limit translates into a hydraulic diameter of < 6 mm. The higher 
heat transfer surface area density inherent in compact heat exchangers allows attainment of 
significantly higher heat flux levels in two-phase flows relative to conventional circular tube 
exchangers. An additional consideration with compact evaporators is the effect of the geometry 
and size of the flow passage on the two-phase flow and heat transfer phenomena. For example, 
in noncircular passages of compact evaporators, geometry may influence the liquid inventory (flow 
pattern) at a given cross section by surface tension and capillary action. The study of boiling heat 
transfer in the passages of compact heat exchangers translates into the study of boiling phenomena 
in channels with various small cross-sectional geometries. 

Relatively few studies have been reported in the open engineering literature that are directed 
toward boiling in small passages as compared to single-phase heat transfer in such passages. The 
two-phase studies can be grouped as: (1) passages in heat exchangers with offset strip fins (Panitsidis 
et al. 1975; Galezha et al. 1976; Yung et al. 1980; Chen & Westwater 1984); (2) passages in heat 
exchangers with perforated fins (Panchal 1984, 1989); (3) multichannel arrangements with offset 
strip fins (Robertson 1979, 1983; Carey & Mandrusiak 1986; Mandrusiak et al. 1988; Mandrusiak 
& Carey 1989); and (4) multichannel arrangements with perforated fins (Robertson & Wadekar 
1988; Wadekar 1992). Single-channel studies of flow boiling of Refrigerant-ll3 (R-113) in a 
small-diameter circular tube ( ~ 3 m m )  have been reported by Lazarek & Black (1982) and 
Wambsganss et al. (1993). Boiling in single, small, rectangular passages have been reported by Tran 
et al. (1993) and Peng & Wang (1993). In particular, Tran et al. (1993) reported preliminary results 
of flow boiling of Refrigerant-12 (R-12) in a 1.70 x 4.06-mm rectangular channel, whereas Peng 
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& Wang (1993) studied flow boiling of  water in a 0.6 × 0.7 mm-rectangular passage. 
It has been shown by various experimenters, e.g. Jung et al. (1989) and Khanpara et  al. (1987), 

that boiling heat transfer of refrigerants in large-diameter channels is controlled by the convection 
mechanism at qualities > 20-30%. In contrast, conclusions differ among the various researchers 
as to the boiling heat transfer mechanisms in small channels over the entire quality range. Results 
from tests on actual heat exchangers (Galezha et  al. 1976; Chen & Westwater 1984; Panchal 1984) 
suggested a nucleation-dominant mechanism. Galezha et  al. (1976) showed heat transfer coefficients 
to vary with heat flux, and Panchal (1984) showed heat transfer coefficients to be insensitive to flow 
rate. This nucleation-dominant result was supported by investigations of boiling in small smooth 
channels (circular and rectangular) (Wambsganss et  al. 1993; Tran et  al. 1993; Peng & Wang 1993), 
all of  which concluded that a nucleation mechanism dominated the process. Conversely, investi- 
gations with multipassage arrangements (Robertson 1979, 1983; Carey & Mandrusiak 1986; 
Mandrusiak et  al. 1988; Mandrusiak & Carey 1989; Robertson & Wadekar 1988; Wadekar 1992) 
all showed nucleation not to be an important mechanism. Heat transfer coefficients were 
independent of heat flux, dependent on mass flux, and increased with quality (all features of forced 
convective boiling). This apparent contradiction in conclusions about boiling heat transfer 
mechanisms in small channels will be reconciled, in part, by the results of this study. 

Passage cross-sectional geometry is important to compact heat exchanger design. Recently, 
preliminary results were reported from the rectangular channel of this study (Tran et  al. 1993). The 
data showed nucleation dominance. At that time, data in an equivalent circular channel with the 
same refrigerant were not available, and comparisons were made between rectangular-channel heat 
transfer data and the predictions of the Stephan & Abdelsalam (1980) correlation for a circular 
tube. (Previously, Wambsganss et  al. (1993) showed that this correlation could predict, with good 
accuracy, the data for R-113 boiling in a small-diameter circular tube.) As a result of comparing 
rectangular-channel data with circular-channel correlation prediction, Tran et  al. (1993) suggested 
that heat transfer may be more efficient in the small rectangular channel. Results of the present 
study will, in fact, show that heat transfer rates are comparable for both channels. The reason for 
the earlier inference is clear and will be discussed. 

In the present study, a complete series of 132 tests was performed in the 1.70 x 4.06-mm 
rectangular channel, and 137 tests were performed in a 2.46-mm diameter circular channel; all tests 
used R-12 as the boiling fluid. The circular-tube diameter of 2.46 mm was selected to match the 
rectangular-channel hydraulic diameter of 2.40 ram, thus allowing a direct evaluation of the effect 
of  channel geometry on heat transfer. In addition, R-12 tests in the circular tube were performed 
over a range of test conditions that facilitates direct comparison with the rectangular-channel data 
and direct evaluation of the effect of passage geometry. The lower end of the heat flux range (low 
wall superheat) was also investigated in this study to identify a convective boiling region and 
provide information on the associated transition from convection to nucleation boiling. Heat 
transfer results from the two tube passage geometries were compared as part of this work, and the 
results from the 2.46mm circular tube are compared with state-of-the-art in-tube evaporation 
correlations developed for large tubes. 

TEST A P P A R A T U S  AND I N S T R U M E N T A T I O N  

The test apparatus used for the circular- and rectangular-channel R-12 tests of this study is 
shown schematically in figure 1. It consists of a closed-loop system with system pressure controlled 
by high-pressure nitrogen via a pressure regulator and a bladder-type accumulator. The fluid enters 
the test section in a subcooled state and is evaporated in the test section to a quality of ~ 80% 
or less in most tests, depending on mass flux and heat flux. The two-phase mixture leaving the test 
section is condensed and subcooled before entering the pump. Flow rate is measured with a 
constant displacement flow meter. The flow meter was calibrated producing an accuracy of better 
than 2% of the reading. 

The system condenser used water at 150C as the heat sink. The freezer shown in figure 1 allowed 
further cooling of the refrigerant and was used for lower-pressure testing. 

The two test sections (circular and rectangular) were the same length and were instrumented 
similarly. Based on results of previous investigations (Wambsganss et  al. 1993; Tran et al. 1993; 
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Figure l. Schematic diagram of test apparatus. 

Peng & Wang 1993), nucleation (which in pool boiling is a function of channel material and surface 
finish) was expected to be the dominant heat transfer mechanism. To eliminate possible effects of  
tube material on heat transfer, both the 4.06 x 1.70-mm rectangular channel and the 2.46-mm 
circular tube were fabricated from brass, and to minimize effects of  surface condition, both were 
obtained from the same tubing supplier. The two flow channels each had an overall length of 0.9 m. 
The channels were resistance heated by passing a DC current through the channel wall. Heat  input 
into the fluid was determined from the electric power input into the channel with an accuracy of 
2%, accounting for heat losses to the environment. 

Figure 2 is a schematic diagram of the circular-tube flow channel used in this investigation for 
boiling R-12. Test section features will be detailed by referring to this circular test section; 
rectangular test section features were similar. Stream temperatures of the bulk fluid in the test 
section were measured at four axial locations: inlet, outlet, and near two intermediate current 
clamps. (The test sections were designed to allow variation of heated length using combinations 
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Figure 2. Schematic diagram of circular-tube test section, showing locations of instrumentation 
(RTD = resistance temperature device). 
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of four clamps.) These locations are shown in figure 2 at 77, 356, 641, and 870 mm axial locations. 
Placement of  the current clamps and the use of  small thermocouple beads to measure stream 
temperatures between clamps were key features of  the test section design. Because of the small 
channel diameters involved, and the relatively large size of  the clamps that were required to carry 
up to 350 A, heat loss from the clamp areas of the test section could be appreciable. Thus, fluid 
temperatures were measured between and some distance from the clamps to minimize the effect 
of  this heat loss on the measurements. In addition, the use of  four current clamps provided 
important  flexibility in testing parameters. All tests were performed using the exit clamp at 870 mm. 
Selecting one of the other three clamps for the current path altered the heated length, and thus 
the heat flux, at a given heating rate. 

Pressure ports and voltage taps were provided at each of the four locations where stream 
temperature measurements were made near the four current clamps on the test section. Both inlet 
pressure and two-phase pressure drop were measured with calibrated electronic pressure transduc- 
ers. The inlet pressure was measured with an accuracy of 4-2 kPa, and the test section pressure 
drop was measured with a differential pressure transducer to an accuracy of +1 kPa. 

Outside-wall temperatures were measured at various axial locations along the length of the 
channels by surface-mounted thermocouples for the rectangular channel and surface-mounted 
resistance temperature devices (RTDs) for the circular tube. (The axial locations of  the RTDs are 
shown in figure 2.) The temperature of  the inside surface of the channel was then calculated with 
the assumption that heat generation in the channel wall was uniform and that the outer surface 
was well insulated. Liquid tests (isothermal and heat balance) were used to establish uncertainty 
in temperature measurements of  + 0.2°C. Saturation conditions were used to verify the consistency 
of both pressure and temperature measurements. More details of the test apparatus are given by 
Wambsganss et  al. (1993) and Tran et al. (1993). 

TEST P R O C E D U R E  AND DATA R E D U C T I O N  

Single-phase tests were first performed to check the overall system instrumentation, calibration, 
and data acquisition equipment and techniques, and to determine heat toss to the environment that 
was incorporated into the factor ~/. Single-phase heat transfer coefficients near the test section exit 
agreed with the Dittus-Boelter correlation within the range of - 2  to + 6%. Isothermal, turbulent 
experimental friction factors agreed with the Blasius equation within + 15% over the Re range from 
4,000 to 12,000. This good agreement between measured and predicted fully developed heat transfer 
coefficients and friction factors demonstrated the overall accuracy of the experimental system. 
Subsequently, a series of  flow boiling tests was performed at constant values of  mass flux and 
selected values of  heat flux. 

The local evaporative heat transfer coefficient was calculated as 

q "  
h(z)  = [1] 

T w ( z ) -  Ts.~(z) 

where the heat flux q" was calculated as ~/QE/S(LH - LsB) ,  YlQE is the portion of the electrical power 
input reaching the boiling fluid, and S ( L H  -- LsB) is the inside surface area of the channel in the 
boiling region. The quality x at each measurement location z was calculated as 

S ( z  - L s B ) q "  
x ( z )  - [2] 

A G %  

In [1], the wall temperatures were measured directly, whereas the saturation temperatures were 
obtained indirectly from a two-phase pressure drop and exit saturation temperature measurement 
following a procedure outlined by Tran et  al. (1993). In this procedure, the saturation temperature 
was measured at the 870 mm-axial location shown in figure 2 by a very small thermocouple bead 
located in the fluid stream. By measuring the pressure drop from the start of  heating to this exit 
location, it was possible to determine the saturation temperature at this upstream location in the 
subcooled region. The length of the subcooled region was determined from a heat balance, and 
the single-phase pressure drop was calculated. Subtracting the single-phase pressure drop from the 
pressure at the start of  heating gave the saturation pressure (and temperature) at the start of  boiling. 
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No. of  Channel  geometry G q" AT~t 
Fluid tests and size (ram) PR (kg/m 2 s) (kW/m 2) B o (°C) 

R°I2 137 circular 0.12 & 0.20 63-832 3.6-59.5 0.00020-0.0017 1.2-6.6 
d = 2.46 

R-113 27 circular 0.045 50-400 8.8-90.8 0.00075-0.0023 7.2-18.2 
d = 2.92 

R-12 132 rectangular 0.20 44-505 5.6-129 0.00028-0.0016 1.8-8.2 
1.70 x 4.06 
d h = 2.40 

The saturation temperature was taken as linear between this point at the start of  boiling and the 
measured saturation temperature at the test section exit. The change in saturation temperature was 
small (1-2°C) in most tests, and in some cases, a stream temperature measurement, centered in the 
two-phase region (at 356 or 641 mm in figure 2), served to verify the accuracy of  this procedure. 

For  each of the steady-state tests corresponding to a specific mass flux and heat flux, local heat 
transfer coefficients were determined for a range of qualities along the length of  the test section. 
In virtually all cases, the heat transfer coefficients were effectively independent of quality for 
qualities > 20%. Measurements that support this finding will be presented, and, in the test results 
presented subsequently, average heat transfer coefficients, obtained as the average of the measured 
local heat transfer coefficients for qualities > 20%, will be given. Average wall superheats for given 
test runs were also calculated and used in the presentation of results. The product of the averaged 
heat transfer coefficient h and wall superheat mTsa t is equal to the heat flux q". Further details of  
these procedures were given by Wambsganss et al. (1993) and Tran et al. (1993). 

E X P E R I M E N T A L  R E S U L T S  

Including data reported by Tran et al. (1993), 132 tests for the rectangular channel with R-12 
are reported here. A total of  137 new tests for the circular tube are reported with R-12, and these 
R-12 data are compared with previous circular-tube data with R-113 (Wambsganss et al. 1993). 
The parameter ranges covered by these tests are given in tables 1 and 2. 

The heat transfer tests were performed so as to isolate the effects of  heat flux, mass flux, and 
quality. In particular, tests were performed for selected values of mass flux with various heat flux 
levels, as well as for selected values of  heat flux with various mass flux levels. 

Uncertainties in heat transfer coefficient were calculated based on the method of sequential 
perturbations (Moffat 1988). For  heat fluxes greater than 12 kW/m 2 (typically, wall superheats 
greater than 3°C), uncertainties in heat transfer coefficient were in the range of 6-10%. For heat 
fluxes less than 12 kW/m 2 (typically, wall superheats less than 3°C), uncertainties in heat transfer 
coefficient ranged from 10 to 18%. 

Circular channel, R -  12 boiling f luid 

Results from tests with the 2.46 mm-diameter circular tube and R-12 as the boiling fluid are given 
in figures 3-5 for wall superheats above 2.75°C. In figure 3, measured local heat transfer coefficients 
are plotted as a function of quality for approximately constant heat flux values of 7.5, 14.4, and 
59.4 kW/m 2, and, for each value of heat flux, several values of  mass flux. It can be observed from 
the figure that the local heat transfer coefficient is effectively independent of quality for qualities 

Table 2. Test parameter ranges for tests with AT~t > 2.75°C 

No. of  Channel  geometry G q" ATsa t 
Fluid tests and size (ram) PR (kg/m 2 s) (kW/m ~) Bo (°C) 

R-12 104 circular 0.12 & 0.20 63-832 7.5-59.5 0.0002ff4).0017 2 .8~ .6  
d = 2.46 

R-113 27 circular 0.045 5~400  8.8-90.8 0.00075-0.0023 7.2-18.2 
d = 2.92 

R-12 118 rectangular 0.20 44-505 7.7-129 0.00028-0.0016 2.8-8.2 
1.70 x 4.06 
dh = 2.40 
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Figure 3. Circular*tube (R-12) local heat transfer coefficients for various combinations of mass flux at three 
constant values of heat flux and ATs~ t > 2.75°C; Psat ~ 825 kPa. 

> ~ 2 0 % ;  this obse rva t ion  suppor t s  the use o f  an average heat  t ransfer  coefficient for quali t ies 
> 2 0 % .  Mass  flux independence  is also indica ted  by the da t a  in figure 3. 

Average  hea t  t ransfer  coefficients are p lo t ted  in figure 4 as a funct ion o f  mass  flux for var ious  
cons tan t  values o f  heat  flux. The results indicate  a s t rong heat  flux dependence  and,  again,  
essential ly no mass  flux dependence.  

In figure 5, heat  flux is p lo t ted  as a funct ion o f  average wall superheat  for all tests in which wall 
superheat  was > 2.75°C. Open  symbols  co r re spond  to the nomina l  pressure o f  0.82 M P a  used in 
this study.  The da t a  can be corre la ted  app rox ima te ly  with a s t ra ight  line when plot ted  on log - log  
coord ina tes ,  thus indica t ing  a power  funct ion re la t ionship  between heat  flux and  wall superheat .  
Such a funct ional  fit to the da ta  is shown in figure 5, where the cor re la t ion  coefficient R = 0.962. 

A l t h o u g h  the da t a  in figure 5 show only a heat  flux con t r ibu t ion  to the heat  t ransfer  and  no mass  
flux effect, it is expected that  there is a pa r ame te r  regime where the two phenomena  cont r ibu te  to 
the heat  t ransfer  in small  channels ,  as they do  in larger  channels.  To confirm this point ,  tests were 
pe r fo rmed  in the c i rcular  channel  at  wall superheats  < 2.75°C. The results are shown in figure 6 
where the lower wall  superheats  moved  the system into a regime where mass  flux effects became 
impor t an t .  In the figure, two dis t inct  curves can be identif ied (each having a slope o f  ~ 1 on l og - log  
coord ina tes )  that  co r r e spond  to each o f  the two values o f  mass  flux tested. It is observed in figure 
6 that  the divis ion between nuclea t ion-  and  convec t ion -dominan t  regions occurs  at  a wall superheat  
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Figure 4. Circular-tube (R-12) average heat transfer coeNcients as a function of mass flux for select values 

of approximately constant heat flux and AT~.t > 2.75°C; Psat ~ 825 kPa. 
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of  ~,2.75°C. This wall superheat transit ion marks a major  difference between these data and 
large-tube results as presented in the Discussion section o f  this paper. 

An  addit ional test series was performed with the circular tube at a lower value o f  saturation 
pressure. Figure 5 shows the effect o f  saturation pressure for the data with wall superheat > 2.75°C. 
The results show that  the heat transfer rate is sensitive to saturation pressure, and is propor t ional  
to it. 

Rectangular tube, R- 12 boiling fluid 

Results f rom tests with the 4.06 x 1.70-ram rectangular channel are presented in figures 7-9 for 
wall superheats > 2.75°C. These figures correspond to figures 3-5, respectively, for the circular tube 
with the same fluid. Again,  the local heat transfer coefficient was only weakly dependent on quality 
(see figure 7), allowing for computa t ion  o f  an average heat transfer coefficient. The results presented 
in figure 8, for average heat transfer coefficient as a function o f  mass flux for various values o f  
heat flux, show that, for the range o f  heat fluxes tested, the heat transfer coefficient is effectively 
independent  o f  mass flux; mass flux independence is also shown by the two sets o f  data in figure 7. 

In figure 9, data  f rom the rectangular-channel tests are plotted in terms of  heat flux and average 
wall superheat. As for the circular tube, the data  can be correlated approximately with a straight 
line on log- log  coordinates,  indicating a power function relationship between heat flux and wall 
superheat  for ATsa t > 2.75°C (as shown in the figure). In figure 9, data obtained at very low values 
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Figure  7. Rec tangu la r -channe l  (R-12) local heat  t ransfer  coefficients for var ious  combina t i ons  of  mass  flux 
at two cons tan t  values  of  heat  flux and AT~ ~ > 2.75°C; p,,, ~ 825 kPa.  

of heat flux for two different values of mass flux (80 and 144 kg/m2s) extend the data base to lower 
values of wall superheat. At the lower values of heat flux, two distinct curves, each with a slope 
of ~ 1 on log-log coordinates and corresponding to each of the two values of mass flux tested, 
can be identified. These mass-flux-dependent results are similar to those shown in figure 6 for the 
circular tube at low wall superheat <2.75°C. 

D I S C U S S I O N  

The objectives of this investigation were to (1) further improve our understanding of boiling heat 
transfer mechanisms in small channels typical of  compact heat exchangers, (2) evaluate the effect 
of flow channel geometry on heat transfer enhancement, (3) predict the boiling heat transfer rates 
in small channels for the tested refrigerants, and (4) compare small-channel heat transfer behavior 
with that of  large tubes. Each of these subjects is discussed next. 

Heat transfer mechanisms 

Bulk boiling heat transfer upstream of critical heat flux is governed by the two fundamental 
mechanisms of forced convection and nucleation. In forced-convection boiling, the heat transfer 
coefficient is independent of heat flux and dependent on mass flux and quality; heat transfer 
increases with increasing mass flux and quality. On the other hand, in nucleation-dominant boiling, 
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Figure 9. Rectangular-channel  (R-12) nucleation- and convect ion-dominant  heat transfer; A = all values 
of  mass  flux tested; Psat ~ 825 kPa. 

heat transfer is independent of  mass flux and quality, dependent on heat flux, and sensitive to 
saturation pressure level. Within these parameters, the results shown in figures 3, 4, 7 and 8 lead 
one to conclude that over a broad range of  heat flux, nucleation is the dominant heat transfer 
mechanism for flow boiling in the small passages considered in this study. This result agrees with 
previous investigations (Lazarek & Black 1982; Wambsganss et al. 1993; Tran et al. 1993; Peng 
& Wang 1993) of  flow boiling in small channels. The results of  figure 5 show that saturation 
pressure has a measurable effect on heat transfer, decreasing the heat transfer coefficient as pressure 
decreases. Because this sensitivity and trend are expected of nucleation-dominant heat transfer, they 
serve to support  the conclusion that a nucleation mechanism dominates. 

Although the nucleation mechanism appears to dominate boiling heat transfer in the small 
channels tested over a broad range of heat flux values, it was expected that, at sufficiently low values 
of  heat flux (very low wall superheat), forced convection will dominate. This was indeed shown 
to be the case, as illustrated in figures 6 and 9. At wall superheats < 2.75°C, the boiling curve is 
a function of mass flux and the slope of the curve is ~ 1, implying that the heat transfer coefficient 
is independent o f  heat flux. This result is seen in both the circular and rectangular channels. 

The transition from convection- to nucleation-dominant boiling is well defined and relatively 
abrupt  for the small-channel data of  figures 6 and 9. This abrupt  behavior was clearly evident when 
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data were collected as the system became quasistable at transition and abruptly changed from 
convection to nucleation dominant. This behavior differs from that found with larger-diameter 
channels in which relatively broad transition regions occur, typically with contributions from both 
convection and nucleation boiling being important. 

Identification of a convection-dominant region in small-channel boiling heat transfer allows one 
to reconcile an apparent disagreement between the results of this investigation, and the results of 
others, e.g. Lazarek & Black (1982), Wambsganss et al. (1993), Tran et al. (1993), Peng & Wang 
(1993), who found a nucleation-dominant mechanism; and Robertson (1979, 1983), Robertson & 
Wadekar (1988), and Wadekar (1992), who concluded from their tests with multichannel 
arrangements that nucleation is not an important mechanism. The finding of convection dominance 
by the latter authors was based on data obtained for very low values of wall superheat (<  2.5°C). 
The results of this study for very low wall superheats would also lead to this conclusion. 

Effect of  flow channel geometry 

Nucleation-dominant heat transfer data from the circular tube and rectangular channel, both 
with R-12, were plotted on log-log coordinates as heat flux versus wall superheat in figures 5 and 
9, respectively. As shown in those figures, the fact that the data can be reasonably correlated with 
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Figure 12. Compar i son  of  the large-tube correlation of  Kandlikar  (1991) with small circular-tube d a t a  

(R-12); experimental data: A = convection region, G = 250 kg/m 2 s; O = nucleation region; Psat ~ 825 kPa. 
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a straight line suggests a power function relationship between heat flux and wall superheat. 
Therefore, a prediction equation was written in the form 

q " =  C, (Tw - T~at) c2 [3] 

where q" is heat flux in kW/m 2, CI and 6"2 are constants, and Tw and Tsa t a r e  tube-wall and 
fluid-saturation temperatures, respectively, in °C. This is the correlation form for nucleate pool 
boiling such as that developed by Stephan & Abdelsalam (1980). The constants in [3] were obtained 
from curve fits to the experimental data for ATsa t > 2.75°C; the predicted results are plotted in figure 
10. The Stephan and Abdelsalam (1980) correlation, which successfully predicted previous small 
circular-tube data over a range of test conditions with R-113 as the boiling fluid (Wambsganss 
et al. 1993), is also plotted. The results show that there is no significant geometry effect for 
the two channels tested, each of which has approximately the same hydraulic diameter. At lower 
values of wall superheat, the Stephan & Abdelsalam correlation significantly underpredicts the 
data. 

As noted in the Introduction, Tran et al. (1993) suggested that heat transfer may be somewhat 
more effÉcient in a small rectangular channel than in a small circular channel of the same hydraulic 
diameter. This finding came from a comparison of rectangular-channel R-12 data and state-of-the- 
art correlations [including the Stephan & Abdelsalam (1980) correlation shown in figure 10] 
representing R- 12 heat transfer in a circular channel. The Stephan & Abdelsalam (1980) correlation 
gave good predictions of  small-channel R-113 data (Wambsganss et al. 1993) and was used in the 
absence of  small circular-channel R-12 data. The AZsa t range of the comparison (Tran et al. 1993) 
was < 5°C, which can be seen in figure 10 to be the range where the Stephan & Abdelsalam (1980) 
correlation is the worst with the R-12 data of this study. It is also clear from figure 10 why the 
Stephan & Abdelsalam (1980) correlation predicted the R-113 data well when one recognizes that 
the wall superheat was >6.4°C for all of  the R-113 tests. Thus, the inference (Tran et al. 1993) 
that geometry somewhat enhanced heat transfer was a consequence of the underprediction of small 
circular-tube data by the Stephan & Abdelsalam (1980) correlation at wall superheats <5°C. 
Comparison of  R-12 data from circular channels with that from rectangular channels (see figures 
5, 9 and 10), shows that the heat transfer rates are comparable. 

Correlation o f  data 

Equation [3] was used to develop a 
nucleation-dominant regime in the form 

general heat 

h = C 3 q"C' 

transfer coefficient correlation for the 

[4] 

where h is in W/m2C, C3 and (?4 are constants, and q" is in kW/m 2. The correlation was based on 
small-channel boiling heat transfer data with wall superheats >2.75°C for three test sections 
(circular tube R- 12, circular tube R- 113, and rectangular channel R- 12), and results were employed 
from the correlation work of Lazarek & Black (1982) which was based on R-I13 boiling in a 
small-diameter (3-ram) tube. This correlation showed some success with the small-channel data of  
this study; it is based on the Boiling and Reynolds numbers. The exponents of these two 
dimensionless parameters were such that the mass flux effect was very small, a feature that allowed 
the correlation to follow the trends, if not the magnitude, of the small-channel nucleation-dominant 
data. However, recognizing the dominant mechanism to be nucleation rather than convection, the 
Reynolds number was replaced in this study with the Weber number to eliminate viscous effects 
in favor of  surface tension. Further, accounting for fluid property variations by the liquid to vapor 
density ratio, the heat transfer data were correlated as follows: ( )04 

h = (8.4 x 10-5)(BoZWel) °3 . [5] 

The units of the average heat transfer coefficient h in [5] are W/m2C. 
In figure 11, the predictions of  [5] for all of  the nucleation-dominant small-tube data of  this study 

are compared with measured experimental values. The circular-tube R- 113 data of Wambsganss 
et al. (1993) are also shown in the figure. The comparison is considered very good with most of 
the data predicted within a 15% random error band and no systematic error observable. The 
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product of the square of the Boiling number with the Weber number introduces heat flux as the 
independent variable while mass flux is eliminated. The property effects are correlated through 
surface tension, latent heat of vaporization, and density ratio, all of which have been used in pool 
boiling correlation equations. 

Large-tube comparison 

As a result of the dominance of the nucleation mechanism to high qualities in small-channel 
boiling, the heat transfer coefficients differ from those that would be expected for large channels 
with the same mass flux. Comparisons were made with three large-tube correlations that have been 
developed predominantly for refrigerant flow boiling. The data selected for the comparisons are 
shown in figure 12. The triangular symbols represent measurements made in the small circular 
channel of this study, at a mass flux of 250 kg/m2s using R-12; they fall in the convection dominant 
region. The circular symbols represent measurements in the nucleation dominant boiling region, 
and here all data are plotted for G ~> 250 kg/m2 s because the heat transfer coefficient has been 
shown to be independent of mass flux in this region. 

The first large-tube comparison was made with the Kandlikar (1991) correlation which was 
developed from a large data base for relatively large-diameter tubes. The results of the large-tube 
calculations are shown in figure 12, where three values of average quality (x = 0.3, 0.5, and 0.8) 
were chosen to cover the quality range of the data. (A quality of 0.5 is a good choice for the 
correlation, and the two other values were used to show the sensitivity of the calculations.) Two 
tube diameters were used with the correlation: one is for a large tube of 20-mm diameter, with 
G = 250 kg/m 2 s, and the other is an extrapolation of the correlation to the tube diameter of the 
data, d = 2.46 ram. The predictions in figure 12 are more sensitive to quality than to tube diameter, 
but the general trends are all similar, falling well below the data showing significant heat transfer 
enhancement in the small channel at a given wall superheat. 

The Kandlikar (1991) correlation exhibits a clear distinction between nucleation- and convection- 
dominant boiling regions. The transition between them is seen in figure 12 as the abrupt change 
in slope of the calculations occurring a t  ATsat = 11 and 12.25°C for the two diameters at a 
calculational quality of 0.5. The data show this transition at •Tsa t ~ 3°C. With the small tube 
diameter of  2.46mm and an average quality of x = 0.5, the large-tube correlation predicts 
convection-dominant heat transfer and low heat transfer coefficients up to wall superheats of 11 °C, 
whereas the small-tube data show the heat transfer coefficient rising sharply in the nucleation-domi- 
nant region starting at ATsat = 3°C. 

Two other correlation equations that were used for comparisons similar to those of figure 12 
were the flow boiling correlations of Jung & Radermacher (1991) and Liu & Winterton (1990). Both 
correlations are based on boiling-refrigerant data in relatively large-diameter tubes. The corre- 
lations include both nucleation- and convection-dominant terms, and the change from one to the 
other is gradual. Comparisons between the predictions of these two correlations and the 
small-channel data resulted in the prediction of a more gradual transition to nucleation dominance 
than given in figure 12, but the general results were the same with regard to the underprediction 
of  the data and the overprediction of the wall superheat at transition to nucleation dominance. 

C O N C L U S I O N S  

Boiling heat transfer measurements were made with R-12 in a small circular channel 
(d = 2.46 mm) over a substantial range of heat flux, mass flux, and quality. At all but the lowest 
wall superheats, heat transfer was found to be dependent on heat flux and not on mass flux. This 
condition had been found previously in a small rectangular channel with R-12 (Tran et al. 1993) 
and in a small circular channel with R-113 (Lazarek & Black 1982; Wambsganss et al. 1993). This 
result implies that the nucleation mechanism dominates over the convection mechanism in 
small-channel evaporators over the full range of qualities (precritical heat flux qualities of 0.2~).8) 
which is contrary to situations in larger channels where the convection mechanism dominates at 
qualities typically >0.2. This dominant nucleation mechanism contributed to the finding that 
small-channel heat transfer exhibited an enhancement over predicted large-channel results. 
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Experiments were conducted at very low wall superheats where, for ATsa t < ~ 2.75°C, the 
convection-dominant region was measured. Here, the heat transfer was dependent on mass flux and 
not heat flux. The transition between regions of  nucleation and convection dominance was found 
to be rather sharp and occurred at significantly smaller values of  ATsa t than predicted for larger 
diameter tubes. This finding also contributed to the heat transfer enhancement observed for small 
as compared with larger channels. 

Circular- and rectangular-channel data for R-12 and circular-tube data for R-113 in the 
nucleation-dominant region were correlated by a nondimensional form of the Stephan & 
Abdelsalam (1980) equation for pool boiling in which the heat transfer coefficient depends on heat 
flux and not on mass flux. The original Stephan & Abdelsalam (1980) correlation was found to 
predict small-channel data well at wall superheats > 6°C. 

A comparison was made between the circular- and rectangular-channel data of  this study. It was 
found that very little difference exists between the heat transfer coefficients in a small rectangular 
channel and a small circular tube with the same hydraulic diameter. The same refrigerant, R-12, 
was used in both test series. 
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